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CARBON MONOXIDE AS A FUEL 

D. G.  Walker 

Tenneco Chemicals, Inc. ,  Intermediates Division, Pasadena, Texas 

The purpose of t h i s  t a l k  is twofold. F i r s t ,  t o  f ami l i a r i ze  you with a process 
f o r  t he  separa t ion  of CO from gaseous mixtures which i s  ca l l ed  COSORB. COSORB 
cheaply and e f f i c i e n t l y  produces pure carbon monoxide from an ambient temperature 
and pressure  gaseous mixture. 
would produce pure CO f o r  transmission and use  a s  a fue l .  This coa l  gas i f i ca t ion  
process cons i s t s  of (1) a slagging-ash gas producer using compressed a i r  as  oxidant,  
(2) gas processing u n i t s  t o  ex t r ac t  t he  sens ib l e  hea t  of t he  producer gas as steam, 
i s o l a t e  t he  t a r  and benzols produced and sepa ra t e  the  s u l f u r ,  dus t ,  and nitrogen 
containing compound from t h e  gas ,  (3) COSORB which separa tes  t he  CO from the res,t of 
t h e  pu r i f i ed  producer gas  (mostly n i t rogen) .  

R. M. Jimeson, a t  the  recent  Dal las  meeting of t h i s  d iv i s ion ,  ou t l ined  a t  
iriigui w;iy d coal  r e r i n i n g  inauscry neeas KO evolve i n  t n e  iunnealate ruture.  a>% o r  
the  t o t a l  chemical f u e l  reserves of t h i s  country a r e  coal.  Y e t  coa l  is d i r ty .  In  
addi t ion  t o  smoke problems, the  s u l f u r  and n i t rogen  content of coal go out the  s t ack  
during its combustion i n  a b o i l e r  p l an t .  
fu tu re  expansion of raw coal  burning. 
clean-up is  very expensive and only p a r t i a l l y  e f f ec t ive .  
discussed here hopefu l ly  i s  an economically sens ib l e  way t o  use  coa l  as  an energy 
source.  It re f ines  the coa l  by g a s i f i c a t i o n  near t he  mine, p u r i f i e s  t he  gas, 
removes s u l f u r  and n i t rogen  containing impur i t ies ,  and then t ranspor t s  t he  pure CO 
by p ipe l ine  to  the  energy consumer. 
be  p rac t i ca l ly  n i l .  

It is t o  be emphasized t h a t  t h i s  process is  completely unthinkable without an 
e f f i c i e n t ,  cheap sepa ra t ion  of CO from ni t rogen  by a process such as  Tenneco's COSORB. 
No such process has even been proposed before because COSORB d i d  not e x i s t  before.  

On t he  f i r s t  s l i d e ,  a diagram of COSORB is shown. The process has two packed 
towers, an absorber and a s t r ippe r .  A copper containing solvent i s  c i rcu la ted  
through the  absorber where t h e  so lvent  i s  contacted with a gaseous mixture, f o r  
i l l u s t r a t i v e  purposes, a mixture of N 2  and CO. 
"coordinately" complexes t h e  CO and absorbs it i n t o  the  so lvent .  N p  is untouched and 
d isso lves  i n  the so lven t  only by physical forces .  
content of the  n i t rogen  down t o  l e s s  than 1000 ppm. 
t h e  bottom of t h e  absorber t o  a hea t  exchanger where i t  g ives  up a l a r g e  f r ac t ion  of 
t he  dissolved CO t o  the  gas phase. 
d r ives  t h e  CO quan t i t a t ive ly  out of t he  so lvent .  The hot lean  so lvent  flows through 
the  heat exchanger where i t  i s  cooled and then fed i n t o  the  absorber t o  complete the  
c i r c u i t .  
t h e  CO by l e t t i n g  down t h e  n i t rogen  from its pressure  i n  the  absorber t o  one 
atmosphere. The s t r i p p e r  is run a t  some 5 ps ig  o r  so  pressure.  

problems ex i s t .  

Second, to  d i scuss  a coa l  g a s i f i c a t i o n  process which 

Environmental problems w i l l  no t  allow 
Yet scrubbing s t ack  gases f o r  environmental 

The proposed process t o  b e  

Pol lu t ion  problems faced by the consumer would 

The copper ca t ion  in the  solvent 

It is q u i t e  easy t o  ge t  the  CO 
The CO r i c h  solvent flows from 

In  the  s t r i p p e r ,  a bo i l ing  aromatic compound 
, 

A turb ine  compressor is shown i n  the  diagram t h a t  may be  used t o  compress 

The e n t i r e  apparatus f o r  COSORB is b u i l t  of simple mild steel. No corrosion 

Packed towers no taller than t h i r t y  f e e t  a r e  more than adequate t o  
allow the  quan t i t a t ive  separa t ion  a t  mi l l i on  lb/day carbon monoxide r a t e s .  
u t i l i t i e s  necessary are cooling water,  low pressure  steam, and e l e c t r i c i t y  s u f f i c i e n t  
to pump the  solvent from the  s t r i p p e r  column t o  t h e  absorber. 

Having acquainted you with the  COSORB process,  I now tu rn  t o  d iscuss  a coa l  t o  
CO energy complex. 

Figure 5 is a diagram of a slagging-ash producer. 
mixed wi th  a f lux  (l imestone) and t h e  res idua l  ash from burning the  coa l  e x i t s  t he  
producer as 3 l i qu id .  These producers can b e  b u i l t  i n  very l a r g e  un i t s  ( the  b l a s t  
furnace,  a prototype of t h i s  producer, i s  b u i l t  i n  standard s i z e s  of 1000 tons coke 

The only 

The coa l  entering the top is 



7 9  
per day). 
production. 
Lurgi process oxygen g a s i f i e r s .  With pure carbon, t he  gas e x i t  temperature i s  from 
1000 t o  12OOC. 
because p a r t  of t he  sens ib l e  hea t  a r i s i n g  from the  r eac t ion  of C to  CO w i l l  be used 
to  d i s t i l l  the t a r ,  benzol, and moisture i n  the  coa l  o u t  of the coal on top of the  
very hot r eac t ion  zone. 
producer as  l a t e n t  hea t  of combustion of CO whi le  t he  remaining 28% w i l l  be  sens ib l e  
hea t  i n  the  gas. 

producer gas goes t o  a steam generation u n i t  where a l l  poss ib le  sens ib l e  hea t  is 
transformed t o  steam. This steam is  used a s  the  d r ive r  i n  the  succeeding u n i t s  and 
a l so  i n  the COSORB process t o  sepa ra t e  CO from the  producer gas. 

temperature coking of t he  coa l  i n  question. 

the  gas. 

organics and nitrogen and s u l f u r  from the  gas. 

used t o  f i n a l l y  prepare t h e  gas f o r  feed t o  COSORB. A t  t h i s  s tage ,  the  dry 
producer gas  w i l l  b e  33% CO with smal l  amounts of H p ,  CH4, and COP and the  balance 
nitrogen. 

This dry gas i s  then fed  t o  COSORB (Fig. 1 ) .  In  the  absorber a t  100 psig and 
ambient temperature, the  CO i s  quan t i t a t ive ly  absorbed i n  the  solvent whi le  t h e  
n i t rogen  goes overhead. 
t he  pure CO. Considerable excess energy is ava i l ab le  here  and would be  used t o  
compress p a r t  of t he  a i r  needed i n  Fig. 2 f o r  t h e  gas producer. 

up t o  400 miles t o  power genera t ion  s t a t i o n s  o r  i n d u s t r i a l  complexes f o r  use a s  fuel.  

Its f u e l  va lue  per un i t  volume i s  only 1 / 3  t h a t  of methane. 
f o r  t r anspor t  by p ipe l ine ,  but no t  a severe  one as long as t h e  d is tances  are 
reasonable. 
13% of i t s  f u e l  value. 

Its gross  and net hea t  of combustion are the  same. Methane uses only 90% of its 
gross heat of combustion i n  almost a l l  of i ts  f u e l  uses. CO has a h igher  octane 
number than methane. I n  a gas engine, f u l l y  25% more horsepower can b e  de l ivered  
with CO than with methane a s  fue l .  

This 
might be of grea t  p r a c t i c a l  use i n  p laces  where a very hot ,  bu t  completely dry gas 
product is needed. 

Engineering es t imates  f o r  a COSORB based process and summarized on  Fig. 4 f o r  
a very l a r g e  CO producing complex, the complex s i z e  is 668 x l o 6  SCF/day CO. This 
is equivalent i n  de l ivered  BTU'S t o  a 250 m i l l i o n  SCF/day r a t e  of methane. 

than t h i s  by the amount of tar and benzol d i s t i l l e d  i n  the  gas producer. 
e ight  percent of t h e  hea t  value of carbon would appear as sens ib l e  hea t  i n  t h e  
producer gas upon oxida t ion  t o  CO. This hea t  is  equivalent t o  3 . 5  m i l l i o n  pounds of 
steam per hour. 
f i c a t i o n  u n i t s  fo r  the  gas feed and a l so  t o  opera te  a COSORB un i t  f o r  t h e  separa t ion  
of co from nitrogen. 

One primary process d r ive r  (100,000 H.P.) operates from exhausting nitrogen. 
A second process d r ive r  is used (112,000 H . P . )  f o r  a i r  compressing. Only the l a t t e r  
would need fue l .  This f u e l  i n  a turb ine  would b e  about 1 4 %  of t h e  hea t ing  value of 
the  CO produced. 

method of coa l  gas i f i ca t ion  than any method which uses oxygen as  oxidant and which 
synthesizes methane as  product. 

Under pressure,  they a l so  can be run  a t  very high s p e c i f i c  r a t e s  of 
These producers have a s p e c i f i c  production r a t e  fourfold t h a t  of t he  

The gases ex i t i ng  a coa l  fed producer w i l l  be  a t  a lower temperature 

72% of t h e  energy of t h e  carbon reacted w i l l  e x i t  t he  

On s l i d e  2 ,  a l i n e  diagram of t h e  coa l  t o  CO complex is shown. The heated 

Tar and benzol a r e  made i n  q u a n t i t i e s  similar t o  those obtained by low 

One of the seve ra l  developed e f f i c i e n t  processes is then used t o  desu l fu r i ze  

An ac t iva ted  carbon u n i t  is then used f o r  f i n a l  clean-up t o  remove a l l  heavier 

A drying s tep  (very probably a glycol-solvent absorber and s t r i p p e r )  is then 

A tu rb ine  lets down t h e  pressurized nitrogen and compresses 

This energy complex would be  at the  mine. The product CO could be  transported 

On s l i d e  3, I have pu t  darn some s a l i e n t  po in t s  of i n t e r e s t  about CO as a fuel.  
This is a disadvantage 

CO may be t ranspor ted  400 miles by p ipe l ine  a t  an energy c o s t  of only 

A s  f u e l ,  CO is super ior  t o  methane. It contains no water i n  i t s  combustion gas. 

CO can produce a completely dry hot  gas i f  t he  combustion a i r  is d r i ed .  

The u n i t  g a s i f i e s  10,800 tons of carbon p e r  day. The tons coa l  would be l a rge r  
Twenty- 

About 2.2 mi l l ion  pounds of steam is enough t o  d r ive  a l l  t h e  puri-  

It is  my opinion t h a t  t he  process discussed is a much more promising economical 
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CO does n o t  have t h e  BTU per SCF t o  s u b s t i t u t e  f o r  methane in t he  present  gas  net- 
work. However, i t  needs emphasis t ha t  two-thirds o f  the present  use  of methane is 
in i n d u s t r i a l  o r  e l e c t r i c i t y  use. 
homes o r  o ther  non- indus t r ia l  usage. 

methane t o  CO without g r e a t  problems. 
supply could be assured to continue home heating. 

Only 1/3 of t h e  methane present ly  used goes t o  

I n d u s t r i a l  and e l e c t r i c a l  generating uses of methane could be.switched from 
This would conserve methane, so tha t  an ample 
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FIG. 2 - ENERGY COMPLEX: COAL- CO 

CARBON MONOXIDE AS FUEL 

HEATING VALUE: 340 BTU/SCF 

COMBUSTION EQN: CO +302 +2N24 C02 + 2N2 

C O X H ,  RELATIVE ENERGY DENSITY: 1.25/1 

USEABLE COMPRESSION RATIO 
IN OTTO CYCLE ENGINE: >9 



83 

COAL-CO ENERGY COMPLEX 4 

0 SIZE: 668 x IO6 SCF CO/DAY 
0 GASIFIER P: 115 PSlG 

t co P: 100 PSlG 
b 0 CARBON GASIFIED: 10,800 TONS/DAY 

0 DRIVE: TRANSFER TURBINE 100,000 H.P. 
AIR COMPRESSION 11 2,000 H.F? 

COSORB SOLVENT: 67,000 GPM 
' STEAM USED: 2.23 x IO6 #/HR. 

0 STEAM EQUIVALENT 

I 

OF GAS SENSIBLE HEAT: 3.56 x IO6 #/H.R. 

- -  

BOILER MULTICYCLONES 

~ ~ ~ 0 ~ ~ ~ 0 ~  DUST 

$. 
STEAM 
250 
PSlG 

FIG. 5 

MOLTEN ASH 
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t h a t  demand w i l l  exceed l o c a l l y  u t i 1  i s e d  p roduc t i on  by 6,800,000,000,000 cub ic  fee t  
d u r i n g  t h e  year 1980 - (a 18,600,000,000 CFD d e f i c i t )  (Reference - The Economist 
I n t e l l i g e n c e  U n i t  L t d ) .  

Japan s i m i l a r l y  w i l l  have a d e f i c i t  by 1980 f o r  which est imates vary widely .  
Economist I n t e l l i g e n c e  U n i t  f o r e c a s t  t h e  f i g u r e  f o r  t h e  year 1980 as 
600,000,000,000 c u b i c  f e e t  ( I  ,640,000,000 CFD). ' 

Trans-oceanic t r a n s p o r t a t i o n  o f  n a t u r a l  gas i n  the  l i q u i d  form (LNG) from 
c o u n t r i e s  w i t h  su rp lus  supp l i es  has been seen as one means o f  making up these 
d e f  i c i  t s .  

A major problem assoc ia ted  w i t h  the  LNG scheme i s  the p r o v i s i o n  o f  t r a n s p o r t a t i o n  
vessels .  
d e l i v e r y  schedule and t h e i r  c o s t s  a r e  ex t reme ly  h i g h  and s t i l l  e s c a l a t i n g  r a p i d l y .  

An a l t e r n a t i v e  means o f  t r a n s p o r t i n g  " n a t u r a l  gas" i s  now being s tud ied  i n  g r e a t  
d e t a i l .  The idea i s  t o  conver t  t he  n a t u r a l  gas a t  i t s  source t o  f u e l  q u a l i t y  
methanol (or  L i q u i d  Chemical L.C.F) and t o  s h i p  the  methanol i n  convent ional  
tankers f o r  bu rn ing  d i r e c t  as f u e l  a t  t h e  user  l o c a t i o n ,  o r  conver t  t h e  methanol 
t o  SNG ( S u b s t i t u t e  Na tu ra l  Gas) t o  supplement t h e  l o c a l l y  produced n a t u r a l  gas. 

Economic comparisons between the  two schemes have been discussed elsewhere and the  
general o p i n i o n  i s  t h a t  bo th  types o f  p l a n t  w i l l  be b u i l t .  

The p l a n t s  to produce "methanol f u e l "  i n  economic q u a n t i t i e s  w i l l  be f a r  l a r g e r  
than the methanol p l a n t s  now being bui  1 t f o r  "chemical q u a l i t y  methanol". 

The 

Cryogenic tankers a r e  r e q u i r e d  which a t  present  are on a 5 t o  7 year 

LARGE PLANT 

Con t rac to rs  i n  the  process i n d u s t r y  and equipment vendors a re  being c o n t i n u a l l y  
asked t o  supply l a r g e r  p l a n t s  i n  o rde r  t h a t  t h e  chemical producer, r e f i n e r y  
ope ra to r  and fue l  s u p p l i e r ,  can keep pace w i t h  the  eyer  i nc reas ing  demand f o r  more 
and cheaper p roduc t .  Fo r  example, s i n g l e  stream a m n i a  p l a n t s  have increased i n  
s i z e  from I50 TPD o f  ammonia t o  1,500 TPD i n  about one decade. The i n d u s t r y  now 
faces a much l a r g e r  increase i n  the  s i z e  o f  methanol p l a n t s  when the " f u e l  q u a l i t y  
methanol" schemes proceed. 
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In a p e r i o d  f rom 1968 u n t i l  I975 we a r e  expec t i ng  t o  see an increase i n  c a p a c i t y  o f  
a methanol p l a n t  from 150 TPD t o  25,000 TPD. 
p roduc t i on  cos ts ,  t h i s  25,000 TPD p l a n t  should be made up f rom the  minimum number 
o f  s i n g l e  streams. 

I n  o r d e r  t o  achieve t h e  minimum 

PROCESS ROUTE TO METHANOL FUEL 

The n a t u r a l  gas which i s  c u r r e n t l y  be ing  o r  t h a t  w i l l  be f l a r e d  i n  areas such as 
the  Middle East can be conver ted to  methanol by the  f o l l o w i n g  process rou te .  (See 

\ F ig ,  I). 

The process c o n s i s t s  o f  t h ree  b a s i c  s teps: -  

Steam re fo rm ing  o f  desulphur ised n a t u r a l  gas. 
Compression t o ,  and syn thes i s  a t ,  100 atmospheres. 
Dehydrat ion t o  the  requ i red  c a l o r i f i c  va lue q u a l i t y  by  d i s t i l l a t i o n .  

1 Reforming 

I 

Desulphur ised n a t u r a l  gas i s  mixed w i t h  steam, reformed under op t im ised  
c o n d i t i o n s  i n  a t u b u l a r  re fo rmer ,  and then  cooled. 

2 Compression and Synthes is  

Cold synthes is  gas i s  fed  by c e n t r i f u g a l  compression t o  t h e  syn thes i s  loop 
where the  methanol i s  formed. 

Excess hydrogen i s  purged d i r e c t l y  f rom t h e  loop and burned i n  the  re fo rm ing  
furnace, thus  m a i n t a i n i n g  t h e  o v e r a l l  p l a n t  e f f i c i e n c y  a t  a h i g h  l e v e l .  

3 Dehydrat ion 

Separat ion o f  water  and d i sso l ved  gases f rom t h e  L.C.F i s  achieved i n  a 
s imple s ingle-column d i s t i l l a t i o n  system. 

THE STEAM REFORMER I S  THE MAJOR P I E C E  OF EQUIPMENT I N  THE METHANOL PLANT 

The steam reformer i s  t h e  most impor tan t  and expensive s i n g l e  i tem o f  equipment i n  
the methanol p l a n t .  I t  i s  t h e r e f o r e  impor tant  t o  op t im ise  t h e  s i z e  and number o f  
steam reformers r e q u i r e d  t o  produce 25,000 TPD o f  methanol w i t h i n  techn ica l  
l i m i t a t i o n s .  To date,  the  l a r g e s t  steam reformer i s  o p e r a t i n g  i n  a methanol p l a n t  
a t  C lear  Lake Texas (Celenese Chemicals Co) and con ta ins  600 re fo rm ing  tubes. 
Th is  p l a n t  can produce 1,500 TPD o f  methanol by a s i m i l a r  r o u t e  t o  t h a t  descr ibed 
above, o r  1,800 TPD by s l i g h t l y  mod i f i ed  process rou te .  

The f o l l o w i n g  t a b l e  shows t h e  number o f  re fo rm ing  tubes r e q u i r e d  f o r  t he  range of 
methanol p l a n t s  discussed. 

Reformer Tubes (approx) 
Methanol Output TPD 4" 1.D; 40' heated l e n g t h  

150 60 
1,500 600 
5,000 2,000 

25,000 10,000 

1,500 600 
5,000 2,000 

25,000 10,000 
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OPTIMUM PLANT SIZE 

The bas i s  o f  t h i s  paper i s  t h a t  a s i n g l e  stream methanol p l a n t  can be b u i l t  to  
produce 5,000 TPD o f  methanol .  F i v e  such i d e n t i c a l  p l a n t s  w i l l  be requ i red  to 
produce 25,000 TPD. 
approx imate ly  2,000 tubes, which i s  i n  excess o f  t h r e e  t imes t h e  w o r l d ' s  l a r g e s t  
o p e r a t i n g  s i n g l e  stream fu rnace.  

We a r e  thus t a l k i n g  o f  a re fo rm ing  furnace c o n t a i n i n g  

Improvement t o  c a t a l y s t s  and reformer equipment a r e  c o n t i n u a l l y  be ing  impl imented. 
Increases i n  o u t p u t  f rom these improvements a r e  d isregarded i n  t h i s  paper because 
they  a r e  i n s i g n i f i c a n t  w i t h  respect  t o  t h e  magnitude o f  t h e  increase i n  ou tpu t  
requ i red  f o r  the  economic p roduc t i on  o f  L.C.F. 

The reasons f o r  s e l e c t i n g  5,000 TPD methanol p l a n t  a r e  tWo f o l d :  

1 Equipment o t h e r  than the  re fo rmer  i s  proven commercial ly a t  t h i s  s i z i n g .  

L ine i nc reas ing  s i z e  or rerormers ove r  t n e  years p r o j e c t e d  t o  1976 show a 
progress ion t o  approx imate ly  2,000 re fo rm ing  tubes. (F igu re  11). 

Th is  paper con t inues  w i t h  t h e  d e s c r i p t i o n  o f  a s i n g l e  stream 2,000 tube re fo rmer .  

STEAM REFORMER 

A steam reformer c o n t a i n s  a number o f  re fo rm ing  tubes which a r e  b a s i c a l l y  heat 
t r a n s f e r  tubes f i  1 l e d  w i t h  c a t a l y s t .  
a r e  passed through the  tube where they  r e a c t  endothermica l ly .  These tubes a r e  
h e l d  v e r t i c a l l y  i n  a d i r e c t  f i r e d  furnace box. The o u t p u t  o f  t h e  p l a n t  i s  

The process reactants ,  (steam and hydrocarbon) 

dependent on the  f o l l o w i n g :  > 
1 The number o f  tubes. 

2 The phys ica l  d imension o f  t h e  tubes. 

3 The o p e r a t i n g  c o n d i t i o n s .  

4 The ana lys i s  of t h e  t o t a l  f eed  t o  t h e  re fo rmer .  

5 The a c t i v i t y  o f  t h e  c a t a l y s t .  

TUBE DESIGN PARAMETERS 

Some o f  the impor tan t  des ign  parameters o f  t h e  re fo rm ing  tubes and the  l i m i t a t i o n s  
imposed upon them a r e  as fo l l ows :  

Tube Length 

I t  i s  poss ib le  t o  increase the  o u t p u t  o f  a furnace by l eng then ing  a g i ven  number o f  
re former tubes and thereby i nc reas ing  the  volume a v a i l a b l e  f o r  c a t a l y s t .  

Ac tua l  cos ts  prove i t  i s  m r e  economical t o  inc rease t h e  l eng th  o f  a g i ven  number 
o f  tubes than t o  m a i n t a i n  tube dimensions and increase t h e  number o f  tubes. 
B e n e f i t s  from i n c r e a s i n g  t h e  l e n g t h  a r e  a v a i l a b l e  u n t i l  l i m i t e d  by one o f  the  
f o l l o w i n g  f a c t o r s .  
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Pressure Drop through t h e  c a t a l y s t  packed tube. 

I n  o r d e r  t o  l i m i t  t he  pressure drops through t h e  p l a n t  t o  an accep tab le  l e v e l ,  
t h e  maxlmum heated l e n g t h  of a tube, c u r r e n t l y  be ing  considered, i s  50 f e e t  
g i v i n g  a pressure drop through t h e  tube i n  t h e  o r d e r  o f  70 p s i .  

Thermal Expansion. 

As the  reformer tubes opera te  a t  e leva ted  temperatures, . the tubes expand 
when heated from the  ambient to  o p e r a t i n g  temperatures. 
be taken up by the  a d j o i n i n g  pipework,  making i t s  des ign r a t h e r  cumbersome. 

Compression Load a t  e leva ted  temperatures.  

I t  i s  necessary, due t o  t h e  l e n g t h  and r e l a t i v e  smal l  d iameters o f  t he  tubes, 
t o  min imize the  s e l f  weight  compressive load on  t h e  tube. 
p a r t i a l l y  suppor t i ng  t h e  tube a t  t he  t o p  by e i t h e r  counter-weights o r  by 
tens ion ing  spr ings .  
seems t o  be the  optimum. 

Th is  expansion has t o  

T h i s  i s  done by 

Whichever method i s  used, a tube leng th  f rom 40-50 f e e t  

Tube Diameter 

Inc reas ing  t h e  diameter o f  t h e  tube achieves a l a r g e r  volume a v a i l a b l e  f o r  c a t a l y s t  
f o r  a g i ven  number o f  furnace f i t t i n g s ,  as does lengthening t h e  tube. A l though i n  
inc reas ing  t h i s  dimension c o n s i d e r a t i o n  must be g i ven  t o  t h e  f o l l o w i n g :  

a Inc reas ing  the  hoop s t r e s s  i n  t h e  tube. 

T h i s  w i l l  i nc rease t h e  th i ckness  o f  t h e  tube w a l l ,  o f f e r i n g  a h ighe r  
r e s i s t i v i t y  t o  heat t r a n s f e r ,  r e s u l t i n g  i n  h ighe r  tube w a l l  temperatures.  
The h ighe r  tube w a l l  temperature aga in  increases t h e  w a l l  t h i ckness  and 
t h e r e f o r e  an economic optimum diameter must be chosen. 

Decreasing the  tubes '  heat t r a n s f e r  su r face  area f o r  a g iven volume o f  
c a t a l y s t .  

Th i s  increases t h e  tube w a l l  meta l  temperatures and hence t h e  tube w a l l  
th ickness r e s u l t i n g  from t h e  h ighe r  heat  f l u x e s  requ i red  t o  pass t h e  heat o f  
reac t i on .  

b 

c Reduct ion i n  the  gas s i d e  heat  t r a n s f e r  c o e f f i c i e n t .  

Resu l t i ng  again i n  h ighe r  tube w a l l  temperatures and hence t h i c k e r  tube w a l l s .  

The cos t  o f  tube m a t e r i a l  i n  i t s  f a b r i c a t e d  form i s  approx imate ly  $1.25 pe r  
pound weight  (compared w i t h  $0.25 pe r  pound f o r  carbon s t e e l ) ,  t h e  need for 
o p t i m i s a t i o n  then i s  c r i t i c a l  on reformers c o n t a i n i n g  2,000 tubes. 

Tak ing i n t o  account the  above, a l s o  t h e  heat  f l u x  and c a t a l y s t  l oad ing  l i m i t a t i o n s  
imposed by t h e  c a t a l y s t  s u p p l i e r s ,  t h e  economical d iameters f o r  re former tubes 
va ry  between 3f" and 4f" I D  dependent upon o p e r a t i n g  cond i t i ons .  
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Tube P i t c h  

Take one row of tubes f i r s t l y  i t  i s  necessary to  s e l e c t  t h e  tube p i t c h .  
cho ice  i s  governed by mechanical  l i m i t a t i o n s  o f  how c l o s e  toge the r  tubes can be 
p laced and an  economic e v a l u a t i o n  o f  tube w a l l  t h i ckness  a g a i n s t  t h e  p i t c h  se lec ted .  
I n  general  terms, t h e  c l o s e r  the  tubes a r e  toge the r ,  t h e  h o t t e r  t h e  tubes w i l l  b e  
f o r  a g iven s e t  of  o p e r a t i n g  cond i t i ons .  A s  t h e  metal  t h i ckness  o f  t h e  tube i s  
h i g h l y  dependent upon t h e  meta l  temperature o f  t h e  tube an economic tube p i t c h  
i s  essen t ia l  on l a r g e  furnaces.  Tube p i t c h e s  o f  9 t o  1 1  inches a r e  no rma l l y  
chosen a f t e r  economic o p t i m i  s a t  ion .  

T h i s  

Other Va r iab les  

Considerat ion must a l s o  be g i ven  to  c a t a l y s t s  and t h e i r  a c t i v i t y ,  t h e  temperature 
and pressure of  t h e  r e a c t i o n ,  t he  steam t o  hydrocarbon r a t i o ,  o f  t h e  c a t a l y s t s '  
l oad ing :  a l l  of  which can be op t im ised  t o  g i v e  t h e  best p o s s i b l e  ou tpu t  f rom a 
g i ven  number o f  tubes. 

The above c o n s i d e r a t i o n s  leads  t h e  des igner  t o  t h e  dimensions o f  t he  tube and t h e  
p r o x i m i t y  of  t h e  tubes t o  each o t h e r  w i t h i n  a s i n g l e  row. 

TYPE OF FURNACE 

Secondly we must cons ide r  t h e  bas i c  type  o f  furnace which i s  bes t  s u i t e d  t o  l a r g e  
steam re formers .  

Furnaces a re  g e n e r a l l y  c l a s s i f i e d  i n t o  two types :  

i V e r t i c a l l y  f i r e d  m u l t i r o w  furnaces. 

i i  Side f i r e d  furnaces.  

Side F i r e d  

The s i d e - f i r e d  furnace r e l i e s  upon t h e  tube be ing  bounded o n  two s ides  by a 
r e f r a c t o r y  w a l l .  The heat  i s  received by  t h e  tubes f rom t h e  r a d i a t i n g  r e f r a c t o r y  
w a l l .  This,  i n  f a c t ,  l i m i t s  a dimensional  freedom when t r y i n g  to  increase t h e  
s i z e  o f  the furnace. As we have a l ready  discussed, the  heated l e n g t h  o f  a tube i s  
f i x e d  a t  say 401-50' and each tube must be bounded on  two s ides  by a r e f r a c t o r y  
wa l l  : t h i s  leaves j u s t  one dimension f o r  expansion. 

V e r t i c a l l y  F i r e d  Furnaces 

Conversely on  an u p - f i r e d  or  down-f i red furnace t h e  heat t o  the  tubes i s  supp l i ed  
by t h e  r a d i a t i n g  p roduc ts  o f  combustion and n o t  r a d i a t i n g  r e f r a c t o r y .  T h i s  means 
t h a t  we can have n n r e  than one row o f  tubes w i t h i n  the  fu rnace  box. T h i s  then 
a l l ows  f o r  two dimensions o f  freedom. 

S ing le  c e l l  m u l t i - r o w  steam reformer furnaces have been o p e r a t i n g  f o r  many years. 
In f a c t  the m a j o r i t y  o f  re formers o u t s i d e  the  Un i ted  States a r e  o f  t h i s  type. 
The choice between up and down f i r i n g  o f  t h e  mu l t i - row  fu rnace  g e n e r a l l y  breaks i n  
favour  o f  down f i r i n g  when t h e  s i z e  of t h e  furnace and i t s  convect ion s e c t i o n  i s  
l a r g e  enough t o  r e q u i r e  an induced draught  fan t o  ensure good opera t i on .  
breakpoint  i s  g e n e r a l l y  a furnace c o n t a i n i n g  about IO tubes. 

(See F i g u r e  111). 

Th is  



89 

The fundamental d i f f e r e n c e  between a s i d e - f i r e d  and v e r t i c a l l y  f i r e d  furnace i s  
t h a t  t h e  former requ i res  r e f r a c t o r y  w a l l  t o  e f f e c t  heat supply  to t h e  tubes w h i l s t  
the  l a t t e r  r e l i e s  upon r a d i a n t  heat t r a n s f e r  f rom t h e  combustion gases. 
m u l t i r o w  v e r t i c a l l y  f i r e d  furnaces a r e  cons t ruc ted  w i t h o u t  i n t e r - r o w  r e f r a c t o r y  
w a l l s .  

Thus 

Side F i r e d  o r  Top F i r e d  Furnaces f o r  ve ry  l a r g e  Steam Reformers 

The maximum number o f  tubes than can be s a t i s f a c t o r i l y  conta ined w i t h i n  a s i n g l e  
c e l l  s i d e - f i r e d  furnace i s  approx imate ly  150. T h i s  means about 13 r a d i a n t  boxes 
would be requ i red  t o  produce 5,000 TPD of methanol and 65 boxes t o  produce 25,000 
TPD. 

The l a r g e s t  mu l t i - row  furnace now o p e r a t i n g  con ta ins  600 tubes?: which reduces the  
r a d i a n t  box requirements t o  4 and 16 f o r  t h e  5,000 TPD and 25,000 TPD p l a n t s  
respec t i ve l y .  

Furnaces o f  t h e  m u l t i - r o w  t ype  c o n t a i n i n g  2,000 tubes w i l l  reduce the  r a d i a n t  box 
requirement t o  o n l y  1 and 5 r e s p e c t i v e l y .  

*This 600 tube furnace was designed o n  t h e  Modular concept ( d e t a i l e d  d e s c r i p t i o n  t o  
f o l l o w )  such t h a t  by repea t ing  proven modules any number o f  tubes can be 
accommodated. 

Summary o f  Number o f  Radiant boxes requ i red  by t h e  d i f f e r e n t  furnaces. 

\ 

Number o f  Radiant Boxes. 

Side F i red .  Top F i r e d .  Top F i r e d .  
ou tpu t  150 tubes 600 tubes 2,000 tubes 
(Methanol) pe r  r a d i a n t  box p e r  r a d i a n t  box pe r  r a d i a n t  box 

5,000 TPD 13 4 1 

25,000 TPD 65 16 5 

Th is  t a b l e  shows the  magnitude o f  t h e  va r iance  i n  designs when app l i ed  t o  very  
l a rge  reformed gas requirements.  

The economic and opera t i ona l  advantages o f  s e l e c t i n g  a low number o f  r a d i a n t  boxes 
are  considerable.  Each r a d i a n t  box w i l l  have i t s  own p i p i n g ,  va l v ing ,  
inst rumentat ion,  burners and f l u e  gas exhaust f a n  and a l l  w i l l  r e q u i r e  a t t e n t i o n  
f rom p l a n t  operators .  
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MODULAR FURNACE 

A r a d i a n t  box c o n t a i n i n g  apprax imate ly  2,000 tubes i s  t h e  economic des ign f o r  t h e  
proposed 5,000 TPD methanol p l a n t ,  we now desc r ibe  the  Oavy Powergas Modular 
Steam Reformer. The "MOOULAR" concept  t h a t  a l l o w s  f o r  an almost l i m i t l e s s  
expansion o f  the  reformers.  

Th is  design has been developed o v e r  many years and i s  based upon t h e  exper ience 
gained by ou r  company i n  supp ly ing  o v e r  I70 steam re formers .  

PRIMARY REFORMER (RADIANT SECTION) 

General (See F igu re  IV) 

The modular re former i s  b a s i c a l l y  a box shaped r e f r a c t o r y  l i n e d  chamber, encasing 
the tubes. 
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the feed s tock  header and reformed gas header systems by means o f  smal l  bore tubes 
c a l l e d  p i g  t a i l s .  These p i g  t a i l s  p r o t r u d e  f rom t h e  t o p  and bot tom o f  t h e  furnace 
respec t i ve  1 y . 
The feedstock and steam f l o w  downwards i n s i d e  t h e  c a t a l y s t  f i l l e d  reformer tubes. 
The heat f o r  r e a c t i o n  i s  supp l i ed  by the  p roduc ts  o f  combustion pass ing c o - c u r r e n t l y  
down the  furnace o u t s i d e  the  tubes. 

The f l u e  gases from t h e  furnace f l o w  i n t o  f l u e  gas c o f f i n s  o r  chambers o f  
f i r e b r i c k  c o n s t r u c t i o n  which run  t h e  e n t i r e  w i d t h  o f  t h e  furnace. These a re  
s i t u a t e d  between the  rows o f  tubes. The openings or p o r t s  i n  these c o f f i n s  o f f e r  
a res i s tance  t o  f l o w  which ensures even d i s t r i b u t i o n  o f  t h e  f l u e  gases w i t h i n  the  
furnace box. 

The f l u e  gas c o f f i n s  empty i n t o  a r e f r a c t o r y  l i n e d  c o l l e c t i n g  duc t  which i s  
loca ted  a long t h e  e n t i r e  l eng th  o f  t h e  furnace. 
t o  t h e  Convection sec t i on .  

T h i s  d u c t  t r a n s f e r s  t h e  f l u e  gases 
See F i g u r e  I V .  

MODULAR CONCEPT 

The MODULAR concept e n t a i l s  t he  d e t a i l e d  des ign o f  a standard module o r  s e c t i o n  o f  
the  steam reformer which i s  repeated u n t i l  t h e  reformer i s  o f  t h e  r e q u i r e d  s i ze .  
The module c o n s i s t s  o f  2 rows o f  re fo rm ing  tubes and t h e i r  assoc iated burners.  
I t  can con ta in  up t o  74 tubes and i s  designed such t h a t  i t  may be repeated w i th  
respec t  t o  process, mechanical ,  and s t r u c t u r a l  cons iderat ions.  It i s  t h e  pr ime 
requirement o f  t h e  concept t h a t  e x t r a p o l a t i o n  o f  t h e  b a s i c  des ign i s  e l im ina ted .  

Reformer Tube 

The reformer tubes packed w i t h  c a t a l y s t  a r e  s imp ly  guided and p a r t  supported 
on s t e e l  work below t h e  furnace h e a r t h  p l a t e .  

The tubes a r e  g e n e r a l l y  c e n t r i f u g a l l y  c a s t  25% Cr - 20% N i  - 0.4% Carbon a l l o y  
s t e e l .  24% Cr - 24% N I  1.5% Niobuim s t e e l  which has a h igher  s t r e s s  va l ve  may 
be used i n  p lace  o f  t h e  above m a t e r i a l  b u t  t h e  economics must be c a l c u l a t e d  on  a 
case by case bas is .  
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Burners 

The burners a r e  arranged i n  rows on  each s i d e  o f  t he  tube l i n e s  and a r e  f i r e d  
v e r t i c a l l y  downwards. 
gaseous f u e l s  o r  combinat ions o f  both.  
( e i t h e r  ambient o r  heated) i s  used. 
designed t o  be s e l f  i n s p i r a t i n g .  

I n l e t  and O u t l e t  Header System 

The i n l e t  and o u t l e t  header systems c o n s i s t  o f  a number o f  subheaders arranged 
symmetr ica l ly  about the  furnace and these headers a r e  connected t o  t h e  tubes by 
i n l e t  and o u t l e t  p i g t a i l s .  

Each i n l e t  header i s  connected t o  one row o f  tubes by smal l  bore  p ipes  c a l l e d  p i g  
t a i l s .  These p i g t a i l s  a r e  designed t o  absorb, t h e  h o r i z o n t a l  expansion o f  the  

- 
I 

The burners can be designed t o  f i r e  e i t h e r  l i q u i d ,  o r  
Normal ly f o rced  draught combust ion a i r  

W i th  gaseous f u e l s  t h e  burners can be 

1 

I 

I headers, the  v e r t i c a l  expansion o f  re former tubes and s e l f  expansion. These smal l  , bore p ipes  a l s o  a s s i s t  even feedstock d i s t r i b u t i o n  to a l l  re former tubes by 
hav ing a s i g n i f i c a n t  p ressu re  d rop  through them. 

Each o u t l e t  header i s  connected to  two rows o f  tubes by smal l  bore  tubes c a l l e d  
o u t l e t  p i g t a i l s  made f rom 32% N i  - 20% C r  ( A l l o y  800). 
designed t o  accommodate b o t h  v e r t i c a l  and h o r i z o n t a l  expansions o f  o u t l e t  headers 
and s e l f  expansion o f  t h e  p i g t a i l .  

The reac tan ts  o u t l e t  sub-headers a r e  f a b r i c a t e d  f rom 32% N i  - 20% C r  m a t e r i a l .  
Each subheader has a c e n t r a l  t e e  connect ion and t r a n s i t i o n  p i e c e  t o  t h e  
r e f r a c t o r y  l i n e d  main which t r a n s f e r s  the  product  t o  t h e  next process u n i t  
downstream o f  the reformer.  

I 

These p i g t a i l s  a r e  

CONVECTION SECTIONS FOR LARGE REFORMERS 

With inc reas ing  c a p a c i t i e s  o f  re fo rm ing  furnaces t h e  convect ion s e c t i o n  d u t i e s  
have increased p r o p o r t i o n a t e l y .  The steam genera t i on  on  a 5,000 Te/day Methanol 
p l a n t  can be as much as 1,500,000 Ib /hour .  

Dur ing the  l a s t  decade, maximum steam pressures o n  re fo rm ing  p l a n t s  have 
increased from 400 t o  1500 p s i g .  Due t o  the  above f a c t o r s ,  convect ion sec t i ons  
have changed and a r e  now i n  des ign s i m i l a r  t o  convent ional  type  o f  power s t a t i o n  
b o i l e r  p l a n t .  

Convection sec t i ons  must be "purpose" designed to  meet t h e  i n d i v i d u a l  mechanical 
requirements and o p e r a t i o n a l  f l e x i b i l i t y  o f  t h e  i n d i v i d u a l  p l a n t .  

I n  determin ing the  performances o f  convect ion sec t i ons  t h e  f o l l o w i n g  f a c t o r s  must 
be considered. 

i Thermal Design 

Cor rec t  thermal des ign i s  most important,  o p e r a t i o n a l  problems a r e  
encountered w i t h  ove rsu r fac ing  w h i l e  undersu r fac ing  means a l a c k  o f  
performance. 
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i i  C a v i t y  Rad ia t i on  

Cav i t y  Rad ia t i on  e m i t t e d  by the  furnace r e f r a c t o r y  and the  f l u e  gases 
coming f rom the r a d i a n t  box a r e  d i r e c t e d  a t  t he  f l r s t  heat t r a n s f e r  u n i t  
i n  the convec t i on  sec t i on .  
temperature and the volume o f  the  c a v i t y  upstream o f  t h e  f i r s t  u n i t ,  bu t  
i s  independent o f  t h e  ou tpu t  o f  t h e  p l a n t .  
convect ion u n i t s  w i t h  va ry ing  o p e r a t i n g  d u t i e s  from t h i s  constant  source o f  
c a v i t y  r a d i a t i o n .  

I f  the f i r s t  u n i t  i n  the convec t i on  s e c t i o n  was a process steam superheater,  
t h i s  u n i t  would have a v a r y i n g  heat  load dependant upon the  process 
requirement.  When t h e  p l a n t  i s  o p e r a t i n g  a t  reduced loads o r  a p l a n t  
s t a r t - u p  i t  would be subjected t o  the  f u l l  r a d i a t i o n  causing h i g h  metal 
temperatures. 
o f  the u n i t  which increases t h e  cos t  and may in t roduce  m e t a l l u r g i c a l  
problems n o t  exper ienced w i t h  the  lower temperatures and a l l o y s .  

Radiant Sh ie ld  Water Tube B o i l e r s  a r e  t h e r e f o r e  i n s t a l l e d  t o  absorb c a v i t y  
r a d i a t i o n ,  and t h e i r  purpose i s :  

a To absorb h i g h  r a d i a n t  loads p r o v i d i n g  the  f l e x i b i l i t y  t o  i nc lude  
a u x i l i a r y  f i r i n g  w i t h i n  t h e  furnace c o l l e c t i n g  duc t .  T h i s  i s  
sometimes necessary f o r  steam r a i s i n g  and/or process c o n t r o l .  

T h i s  r a d i a t i o n  i s  dependant upon t h e  f l u e  gas 

I t  i s  then necessary t o  safeguard 

T h i s  r e s u l t s  i n  t h e  cho ice  o f  h igher  a l l o y  f o r  t h e  f a b r i c a t i o n  

b P r o t e c t i o n  o f  downstream u n i t s .  

i i i  F lue  Gas D i s t r i b u t i o n  

Natura l  draught furnaces have known problems o f  gas d i s t r i b u t i o n  i n  furnace 
"br idg ing"  sec t i ons  due t o  r e l a t i v e  low gas v e l o c i t i e s .  Wi th  t h e  MODULAR 
furnaces induced draught  i s  prov ided,  g i v i n g  h igher  gas v e l o c i t i e s  which 
o f f e r  i dea l  gas d i s t r i b u t i o n  and the  e l i m i n a t i o n  o f  unbalanced gas 
temperature streams. 

i v  

V 

Induced Draught 

Higher r a t e s  of heat  t r a n s f e r  a r e  achieved w i t h  an induced draught system 
o f f e r i n g  m r e  compact designs. 
rad ian t  box dimensions, and can be designed t o  s u i t  t h e  i n d i v i d u a l  p l a n t  
requirements. 

I n  the Modular f u rnace  waste gases a r e  c o l l e c t e d  i n  a separate duct ,  elsewhere 
and the convec t i on  s e c t i o n  i s  independent o f  main p o i n t .  

Convect ion sec t i ons  need n o t  conform t o  the 

Compact Tube Banks 

Economic use o f  tube c o n f i g u r a t i o n s  and pressure drop evens o u t  i r r e g u l a r  
f l o w  pa t te rns  o r  i r r e g u l a r  f i r i n g  o f  a u x i l i a r y  burners i n  modular furnace 
c o l l e c t i n g  duc t .  

T h i s  i s  a p a r t i c u l a r  problem area i n  s i d e - f i r e d  furnaces. Normal ly  t h e i r  
design c o n s t r a i n t s  r e s u l t  i n  t h e  supply o f  u n i t s  t h a t  a r e  both' long and narrow, 
and have l a r g e  bore heat  t r a n s f e r  t u b i n g  which can g i v e  m a l d i s t r i b u t i o n  o f  
f l u e  gases and uneven meta l  temperatures.  
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v i  C i r c u l a t i o n  

I 

B o i l e r  Water c i r c u l a t i o n  i s  a most impor tant  f a c t o r .  
b o i l e r  systems can be a t t r i b u t e d  i n  one form o r  o t h e r  t o  c i r c u l a t i o n  
problems eg: 

a Pump f a i l u r e  i n  fo rced  c i r c u l a t i o n  systems. 

b Dry-out caused by water loss. 

c I n t e r f e r e n c e  w i t h  c i r c u l a t i o n  by ext raneous ma t te r .  

d 

U s u a l l y  f a i l u r e s  o f  

Water chemist ry  causing b u i l d  up o f  depos i t s ,  o r  c o r r o s i o n  i n  h i g h  
f l u x  zones w i t h  subsequent f a i l u r e s .  

C i r c u l a t i o n  can be e i t h e r  Na tu ra l  o r  Forced. 

Natura l  C i r c u l a t i o n  Systems a r e  p r e f e r r e d  as they  do n o t  r e q u i r e  any 
"prime movers", c i r c u l a t i o n  i s  mainta ined by t h e  "thermodynamics" o f  t h e  
system. Higher c i r c u l a t i o n  r a t e s  e x i s t  w i t h  Natura l  C i r c u l a t i o n  Systems 
than w i t h  Forced c i r c u l a t i o n  Systems. 

With modular designed furnaces,  t he  n a t u r a l  c i r c u l a t i o n  systems i s  always 
o f f e r e d .  

v i  i M a t e r i a l s  

Care fu l  s e l e c t i o n  o f  m a t e r i a l s  t o  c a t e r  f o r  a l l  c o n d i t i o n s  o f  o p e r a t i o n  
and s t a r t  up d u t i e s .  As s t a t e d  i n  t h i s  t e x t  t h e  des ign o f  t h e  Modular 
furnaces convect ion s e c t i o n  a s s i s t  i n  reducing t h e  s e r v e r i t y  o f  t h e  v a r i o u s  
o p e r a t i n g  c o n d i t i o n s  and makes f o r  s a f e r  designed u n i t s .  

v i  i i Steam Drums 

I X  

X 

Steam drums must be adequate ly  s ized ,  n o t  o n l y  t o  p r o v i d e  steam of h i g h  
q u a l i t y  demanded by modern chemical p l a n t ,  but ,  a l s o  t o  p rov ide  a s u f f i c i e n t  
reserve  o f  water "ho ld  up" t o  ma in ta in  c i r c u l a t i o n  t o  " rad ian t "  steam 
generators  d u r i n g  emergency c o n d i t i o n s .  

A i r  Preheat 

Combustion a i r  preheaters  improve the  o v e r a l l  e f f i c i e n c y  o f  t h e  u n i t s ,  and 
these a r e  becoming i n c r e a s i n g l y  impor tant  as f u e l  p r i c e s  con t inue  t o  r i s e .  
For l a r g e  re fo rm ing  furnaces, r o t a r y  regenera t i ve  a i r h e a t e r s  a r e  economical ly  
more a t t r a c t i v e  than t h e  convent ional  s h e l l  and tube types. 

F l e x i b i l i t y  o f  Operat ion & Con t ro l  

Con t ro l l ed  supplementary f i r i n g  i n  furnace c o l l e c t i n g  duc ts  can be 
incorporated t o  produce a d d i t i o n a l  steam which may be r e q u i r e d  to  o b t a i n  t h e  
optimum steam/power balance. 
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The c o n t r o l  o f  steam superheat i s  by adjustments o f  f l r i n g  r a t e s  and/or t h e  
use o f  spray  water a t tempera tors  a t  an i n t e r m e d i a t e  stage i n  t h e  steam 
superheater.  

The f a c i l i t y  f o r  bypassing f l u e  gases around heat t r a n s f e r  u n i t s  i s  
incorpora ted  i n  t h e  des ign  . 
Fur ther  supplementary f i r i n g  a t  in te rmed ia te  p o i n t s  i n  recovery duc t  i s  a 
f u r t h e r  method o f  c o n t r o l  which i s  sometimes incorpora ted .  

Manufacture 

Where p o s s i b l e ,  u n i t s  should be designed t o  min imise  f i e l d  e r e c t i o n .  
manufacture more s t r i n g e n t  c o n t r o l  can be a p p l i e d  t o  m a t e r i a l  i d e n t i f i c a t i o n ,  
workmanship, i n s p e c t i o n  and non-des t ruc t ive  t e s t i n g .  F i e l d  e r e c t i o n  c o s t s  a r e  
u s u a l l y  more expensive than "shop" charges. 

STRUCTURAL DESIGN OF LARGE STEAM REFORMING FURNACES 

Radiant Sect ion 

The s t r u c t u r e  fo rming  t h e  r a d i a n t  s e c t i o n  o f  t h e  Modular Reforming Furnace can be 
considered i o  t h r e e  separa te  p a r t s  :- 

1 

Dur ing  shop 

Top Housing - s u p p o r t i n g  and p r o v i d i n g  weather p r o t e c t i o n  t o  t h e  process 
pipework the  burners  and t o  t h e  suspended r e f r a c t o r y  b r ickwork .  

2 Casing - suppor t ing  t h e  r e f r a c t o r y  b r ickwork ,  burners  and re fo rming  tubes, 
and p r o v i d i n g  weather p r o t e c t i o n  t o  t h e  br ickwork  fo rming  t h e  w a l l s .  

3 Sub-frame - s u p p o r t i n g  t h e  cas ing  and p r o v i d i n g  a r i g i d  " tab le"  over which 
t h e  casing i s  f r e e  t o  t h e r f i a l t y  expand. T h i s  thermal expansion takes p lace  
r a d i a l l y  from an anchor p o i n t  and movement i s  guided on t h e  rec tangu lar  
axes o f  t h e  furnace. 

A l l  t h e  design methods and f a b r i c a t i o n  techniques used f o r  t h e  s t r u c t u r a l  
s tee lwork  of the  r a d i a n t  s e c t i o n  a r e  as s p e c i f i e d  i n  standard s t r u c t u r a l  codes. 

I n  accordance w i t h  t h e  modular concept t h e  major p a r t  o f  t h e  s t r u c t u r a l  s tee lwork  o f  
the r a d i a n t  s e c t i o n  i s  formed by assembling a s e r i e s  o f  standard designed and shop 
f a b r i c a t e d  u n i t s .  Inc luded i n  t h i s  ca tegory  a r e  a l l  h e a r t h  frames, s ide  and end 
casing panels,  i n t e r m e d i a t e  columns, beams suppor t ing  t h e  suspended r e f r a c t o r y  roof 
and t h e  t o p  housing members. By u s i n g  s tandard ised u n i t s ,  f a b r i c a t i o n  t ime and 
e r e c t i o n  per iods  a r e  minimised and t h e  p o s s i b i l i t y  o f  f a b r i c a t i o n  e r r o r s  reduced. 

The maximum s i z e  o f  t h e  r a d i a n t  s e c t i o n  i s  n o t  governed by s tee lwork  design, 
cons idera t ions .  The modular concept has e l i m i n a t e d  almost a l l  t h e  s t r u c t u r a l  
design problems which a r e  encountered i n  des ign ing  l a r g e  convent ional  furnaces. 

Convect i o n  Sect ion 

The s t r u c t u r a l  s tee lwork  o f  the  convec t ion  s e c t i o n  duc t  i s  o f  s i m i l a r  c o n s t r u c t i o n  
t o  t h a t  o f  the  r a d i a n t  s e c t i o n  a l though i t  i s  purpose designed. P r e f a b r i c a t i o n  i s  
maximised to  reduce t h e  e r e c t i o n  p e r i o d .  

4 
i 

I 
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When des ign ing  the  s t r u c t u r a l  s tee lwork  arrangement f o r  t h e  duc t ,  c o n s i d e r a t i o n  i s  
g i ven  t o  t h e  i n i t i a l  i n s t a l l a t i o n  o f  b o i l e r  and superheater u n i t s ;  a l s o  t o  t h e i r  
removal and replacement should the re  be a f a i l u r e  d u r l n g  opera t i on .  

Sect ions o f  s tee lwork a r e  p rov lded  which can be e a s i l y  removed, no rma l l y  complete 
w i t h  the  r e f r a c t o r y  i n s u l a t i o n .  

As w i t h  the  rad ian t  sec t i on ,  thermal expansion o f  t h e  s tee lwork o f  t he  duc t  i s  
catered f o r  by the  p r o v i s i o n  o f  expansion j o i n t s  a t  s t r a t e g i c  p laces and PTFE 
s l i d i n g  bear ings i n  the case o f  a h o r i z o n t a l  duc t .  Spr ing suspension systems a r e  
i n s t a l l e d  where the  convect ion s e c t i o n  i s  a v e r t i c a l  duc t .  

\ 

Conclusion 

The energy shortage i n  c e r t a i n  areas o f  t h e  w o r l d  i s  l ead ing  t h e  s u p p l i e r s  t o  
i n v e s t i g a t e  va r ious  methods o f  t r a n s p o r t i n g  t h e  r e a d i l y  a v a i l a b l e  n a t u r a l  gas f rom 
areas such as the  M idd le  East t o  these areas i n  need o f  energy. 

One method t h a t  i s  ga in ing  i n t e r e s t  and support  i s  t o  produce and t r a n s p o r t  " f ue l  
qual  i t y  methanol". 

Economic s tud ies  i n d i c a t e  t h a t  5,000 TPD methanol p l a n t s  a r e  t h e  optimum s i ze .  
The c r i t i c a l  i t em i n  these p l a n t s  i s  t he  steam reformer and t h i s  paper d iscusses the  
va r ious  types o f  re former a v a i l a b l e .  
u n s a t i s f a c t o r y  f o r  t h i s  du ty  due t o  t h e i r  bas i c  des ign  p r e c l u d i n g  t h i s  t ype  o f  
furnace from increas ing  i n  phys i ca l  s i z e .  

The v e r t i c a l l y  f i r e d  modular t y p e  furnace as developed by Davy Powergas, has t h e  
des ign c a p a b i l i t y  t o  inc rease i n  s i z e .  The wor lds  l a r g e s t  furnace i s  
designed t o  t h i s  concept,  and f rom the  design, e r e c t i o n  and o p e r a t i n g  exper ience 
gained from t h i s  furnace we descr ibe a steam reformer s a t i s f a c t o r y  i n  a l l  aspects  
t o  meet the  new requirements i n  t h e  p roduc t i on  o f  f u e l  q u a l i t y  methanol. 

Side f i r e d  furnaces a r e  considered 
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CLEAN !4JELS FRDM COAL - AN ALTERNATIVE TO SNG 

F. L. Jones and K.  S. Vorres 

The Babcock & Wilcox Company 
Alliance Research Center 

Alliance, Ohio 

A major portion of  current coal gasif icat ion research is  directed toward 
processes for  production of subst i tute  natural gas (SNG) . 
typical ly  on relat ively low temperature, high pressure gasification t o  enhance 
~lr;.Ju~t: yicii i i i  Uit: gasirier, ioiiowei by exrensive waxer gas snir t lng ana 
acid gas removal, and f i n a l l y  a ca ta ly t ic  methanation step. Those portions of 
the SNG processes most critical t o  t h e i r  success-high pressure gasification 
and methanation-re fa r thes t  from being proven technology. 

These processes re ly  

The Methyl Fuel process, however, produces a clean l iquid fue l ,  primarily 
methanol, from synthesis gas produced a t  medium pressures bypassing the problems 
of high pressure gasif icat ion.  
is composed of operations each of which has been proven i n  connnercial applications. 

The process, shown schematically i n  Figure 1, 

PROCESS DESCRIPTION 

Synthesis begins with steam/oxygen gasification a t  22 atm. o r  below and 
a t  temperatures well above lSOOK (2240F). 
ra tes  and high carbon u t i l i z a t i o n ,  with minimdl problems in coal handling and 
feed. Steam gasification is accomplished i n  the upper chamber of a two-stage 
suspension gasif ier ,  with heat being provided by combustion with oxygen of ungasified 
char recyc led to  the lower chamber. The resulting synthesis gas is  v i r tua l ly  
methane-free, consisting pr incipal ly  of hydrogen, steam and carbon oxides. Gasifiers 
of  t h i s  type have been available connnercially for  many years. One example is  
the Belle, W. Va., gas i f ie r  built by B&W f o r  duPont in the early 1950's. 

These conditions insure rapid reaction 
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Particulate removal is achieved by a cyclone system, which recycles the 
bulk of the unburned char back t o  the combustion zone of the gas i f ie r ,  followed 
by a venturi-water scrub system which also cools the "make" gas. 

Gaseous s u l f u r  compounds are  removed by a conventional hot carbonate 
scrubbing system, which also removes a portion of the C02 produced in  the 
gasif ier .  
Claus plant. 
steam i n  a water gas s h i f t  reactor to  adjust the re la t ive  concentrations of 
hydrogen and carbon monoxide for  Methyl Fuel synthesis. 
about two-thirds of  those needed for methanation. 

Elemental sulfur is  recovered as a salable byproduct i n  a conventional 
The sweetened synthesis gas is  then reacted catalyt ical ly  with 

Shi f t  requirements are  

A second hot carbonate scrubber removes most of the remaining c02, which 
is  vented to  the atmosphere. 
of the i r  well-known commercial acceptance and economy for  removal of large 
quantities o f  acid gas, although other systems, such as the Rectisol system 
could also be used. 
i n  the Methyl F u e l  process. 

Hot carbonate systems were chosen here because 

In the l a t t e r  case, methane absorption would be no problem 

The sweet synthesis gas is then dewatered and compressed f o r  alcohol 
synthesis, the degree o f  compression depending on the synthesis process used. 
In t h i s  study, we have chosen the Vulcan-Cincinnati, Inc. high pressure process 
par t ly  because o f  the rugged nature and regenerability of i t s  zinc-based catalyst .  

Composition of the gas a t  t h i s  point is hydrogen and carbon monoxide i n  
about a two-to-one ra t io ,  with small amounts of COz, water, nitrogen, and 
methane. 
and small amounts of higher alcohols and water. A condenser removes l iquid 
products, which pass t o  a small refinery operation for  purification. 
product,trademarked Methyl Fue1,is a clean, sulfur and nitrogen-free l iquid fuel 
suitable as a blending agent f o r  gasoline and a subst i tute  for  l igh t  fuel o i l s .  
The fuel has a gross heating value jus t  over 5500 kcal/kg (10,000 Btu/lb), and 
bums cleaner than natural gas. 

The carbon oxides react with hydrogen over a catalyst  t o  form methanol 

The finished 
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A preliminary process study has shown that for suspension gasification 

These 
without char recycle, where carbon losses are about 1 2  percent, we can expect 
an overall t h e d  efficiency of about 63.5  percent for  the process. 
figures are based on actual per'formance of  the B&W Morgantown gasif ier  b u i l t  
for  the Bureau of Mines in the ear ly  1950's('). 

The above thermal efficiency seems low compared t o  eff ic iencies  of 65-70 
percent now being reported for  competitive SNG processes, suggesting that  some 
means may be available for  improving process efficiency. 
of the  high temperature gasification process, only a small number of products 
(CO, c02, H2 and H20) are  formed in  s ignif icant  quant i t ies  in the gas i f ie r ;  
and these a re  re la ted through a mass balance and s h i f t  equilibrium. Thus a 
very simple expression can be derived t o  show the effects  of 'certain gasif icat ion 
v a r i a b l x  on Methyl Fuel production and t h e m 1  efficiency. Methyl alcohol is 
formed through the reactions: 

Because of  the nature 

CO + W 2  - CX30H (1) 
c02 + 3H2 - QI30H + H20 (2) 

which are related through the water gas shift reaction, 

A simple molar balance based on these reactions shows that the maxinun production 
of methyl alcohol is direct ly  proportional t o  the moles of  carbon monoxide and 
hydrogen formed in  the gas i f ie r ,  assuming that  a s h i f t  converter.is available to 
optimize the re la t ive  concentrations of CO and hydrogen, and that  reactions (1) 
and (2) go t o  completion: 

[a30Hl = 1/3  ( [ c ~ l  + 

I f  gasification is complete and methane and tar  

[COI = [Cl f  - [C021 

[OZIf = [ a 2 ]  + 1 / 2  
[H2I = [HzIf - [HzOI 

formation are negligible, 
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where [C],, [H2If and [O,], are  the moles of carbon, hydrogen and oxygen fed 
to  the gasif ier ,  excluding char recycle since i t  is already included i n  the coal 
feed, but including hydrogen and oxygen in the coal and steam feeds; and [ C O ] ,  

[a2], [HZ] and [H20] are  the moles of carbon oxides, hydrogen, and steam i n  the 
synthesis gas leaving the cyclone separators. . Substituting and rearranging, 

From equation (4), then, recognizing that neither carbon gasification nor 
methyl alcohol formation may go to  completion, and that  side reactions occur 

where [CH30H] is the maximum number of moles o f  methyl alcohol produced, % and . 

nG represent the conversion eff ic iencies  of methyl alcohol synthesis and 
gasification, respectively. 
leaving the gasif ier  as gaseous carbon oxides. 
we w i l l  assume complete conversion i n  the Methyl Fuel synthesis loop. 

Then nG [CIf represents the nunber of moles of carbon 
For the purpose of t h i s  paper, 

EFFECT OF OWC RECYCLE 

Using Equation (9), one can determine the effects  of char recycle, C02 
recycle, and steam addition on overall product yield and thermal efficiency. 
B&W Morgantown gasif ier  may be used as a reference, producing 2.641 h o l e s  of  
Methyl Fuel for each 100 kg of West Virginia coal. 
the carbon u t i l i za t ion  efficiency t o  95 percent, the production of Methyl Fuel 
to  2.894 h o l e s ,  and the overall thermal efficiency t o  69.3 percent. 

The 

Addition of char recycle raised 

EFFECT OF C02 SUBSTITUTION 

Substitution of C02 for  oxygen represents one method for  reducing oxygen 
costs. Off-gas from the hot carbonate scrubbers could be compressed and 
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recycled back t o  the g a s i f i e r  t o  take advantage of the Boudouard reaction: 

c + co2 - 2 c o  (101 

Treating C02 as t o t a l l y  gasified carbon and oxygen, equation (9) shows tha t ,  
with char recycle, a 10  percent molar subst i tut ion of c02 for oxygen increases 
the methanol y ie ld  t o  3.048 mles/100 kg of coal, and the thermal efficiency 
of the synthesis process t o  73.4 percent. 

In actual pract ice ,  t h i s  efficiency would not be achieved since the 
Boudouard reaction places a heat penalty on the gasif ier  reducing the amount 
of  process steam available for  the remainder of the process. 
penalty i s  made up by combustion of coal i n  an auxiliary boi ler ,  the overall 
process thermal eff ic iency is reduced t o  70.6 percent as shown i n  Figure 2. 
Further substitution o f  continues t o  improve the thermal efficiency of 
the process a t  the expense of gasif icat ion temperature unt i l  carbon u t i l i za t ion  
efficiency decreases, and methane and t a r s  begin t o  form. 
equation (9) no longer holds, and gasification is not suitable for  Methyl Fukl 
production. 

I f  t h i s ' h e a t  

A t  t h i s  point, 

EFFECT OF Sl'EAM/OXYGEN RATIO 

The effect of  a l te r ing  the steam/oxygen r a t i o  may also be shown by equation (9) .  
Steam substitution has the  beneficial e f fec t  of increasing the hydrogen yield 
of  the gasif ier  while decreasing the production of C02. 
a 10 percent molar subst i tut ion of  steam for  oxygen also increases the methanol 
yield t o  3.048 moles/100 kg coal, and the apparent thermal efficiency t o  73.4  
percent. The steam gasif icat ion reaction 

Again using char recycle, 

C + H20 + C O + H 2  (11) 

is also endothermic and places a heat penalty on the system. 
endothermic than the Boudouard reaction, however, resulting i n  a pract ical  thermal 
efficiency of  70.8  percent. 

This reaction is less  
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The thermal penalties produced by C02 recycle and steam subst i tut ion are 
shown in Figure 3 ,  expressed as percent of process heat available compared to  
that  of the Morgantown gasif ier .  The thermal advantage of steam subst i tut ion 
is quite evident, especially a t  higher steam/oxygen rat ios .  

EFFECTS ON GAS TREATMENT 

I f  it is assumed that  the feed t o  the Methyl Fuel synthesis loop is  balanced- 
i .e. ,  in  a two-to-one ra t io  of hydrogen t o  equivalent -then a l l  excess carbon 
w i l l  leave the system as C02 via  the carbonate scrubbers. 
simple carbon balance 

Equation (9) and a 

w i l l  then show the e f fec ts  of char recycle, C02 recycle and steam subst i tut ion 
on acid gas scrubbing load. Figure 4 i l l u s t r a t e s  these e f fec ts  c lear ly ,  showing 
C02 absorber load as a percent of that required for  the Morgantown gas i f ie r  case. 

Raising carbon u t i l i za t ion  efficiency t o  95 percent by char recycle increases 
the ra t io  of CO t o  C02 i n  the gasif ier  and enhances the production of hydrogen. 
More usable carbon is produced, and the C02 absorber load drops to  91.7 percent 
of its original value. 
the c q i t a l  cost in  a Methyl Fuel p lan t ,  and is one of the major users of process 
steam and e lec t r ic  power, the cost savings are  significant. 

Since acid gas remval represents about 1 5  percent of 

C02 recycle has the effect  of increasing the m u n t  of C02 that must be 
For every three moles of C02 recycled, one additional mole of  C02 absorbed. 

i s  absorbed. 
C02 absorber capacity, and additional process steam capacity would tend to  offset  
any advantages due t o  an increase in  overall process t h e m 1  efficiency. 

In a practical system, then, the cost of c02 compressors, added 

Steam substitution has the reverse e f fec t ,  reducing the amount of C02 

discarded. 
not have t o  be absorbed. 
represents a more economical use of the process steam, since a typical hot 
carbonate s t r ipper  requires about three moles of steam for  each mole of CO 

absorbed. 
reduce C02 absorber load by about 6 percent. 

For every three moles of steam subst i tuted,  two moles of C02 do 
In addition t o  the capi ta l  cost savings, t h i s  route 

2 
Operating with char recycle, a 10 percent steam subst i tut ion would 
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CONCLUSIONS 

With few exceptions, today's SNG processes a r e  years from connnercialization 
o r  even demonstration. 
components each of which has been demonstrated comnercially, and thus could be 
readily comercialized. Overall process thermal efficiency is comparable to  . . 

present S N G  processes, 

The Methyl-Fuel process, on the other hand, consists of 

Because of the simplicity of the process and the gasif icat ion products pro- 
duced, a simple expression re la tes  gasif ier  feeds t o  Methyl Fuel  output. This 
expression shows t h a t  char recycle, C02 recycle and steam subst i tut ion can a l l  
improve thermal eff ic iency,  but a l l  inpose a heat penalty on the system. 
combination of char recycle and steam substitution has been found mst advantageous, 
since it maximizes thermal efficiency while minimizing the gas i f ie r  heat penalty 
and reducing capi ta l  costs  and process steam requirements. 

The 
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Methyl-Fuel -A New Clean Source of Energy, David Garre t t ,  T. 0. 
Wentworth, Vulcan-Cincinnatti, Inc., 1329 Arlington, Cincinnatti, Ohio 45225 

A new liquid fuel h a s  been developed with a l l  the advantages of na tura l  gas or  
fuel oil, but which is actually l e s s  polluting than natural  gas .  
designed for  u s e  in power plants', l a rge  industr ia l  furnaces  and boi le rs  and for  gas 
turbines, is a mixture  of predominately methanol with controlled percentages of 
higher alcohols. The fuel has  been named METHYL-FUEL, a t rademark  reg is te red  
f o r  Vulcan-Cincinnatti, Inc. The METHYL-FUEL process  produces liquid fuel with 
essentially z e r o  sulfur, nitrogen and meta ls  content, at c o s t s  competitive with very 
low sulfur fuel  oils and'with imported LNG on a "Btu delivered to burner"  basis .  
Actual combustion t e s t s  showed NO 
natural  gas. METHYL-FUEL may%e regasified to  methane if desired,  at costs  
competitive with naphtha gasification. METHYL-FUEL may a lso  be added to gasoline 
as an effective octane improver  and gasoline extender replacing lead additives for this 
purpose. 
reviewed and resu l t s  f r o m  combustion t e s t s  a r e  discussed.  

This  liquid fuel, 

emissions in  flue g a s  a r e  lower than that for  

The technology f o r  METHYL-FUEL production and regasification i s  

f 
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GASIFICATION OF B1AR WITH SULFUR DIOXIDE 

N . J .  Kertamus, M A .  Paisley, W.L. Sage 

Babcock 6 Wilcox Research Center, Alliance, Ohio 

1 . 0  INTRODUCTION 

The preliminary experiments summarized here were aimed i n i t i a l l y  a t  determining 
o p t i m  conditions f o r  reducing su l fur  dioxide t o  elemental su l fur  with char. 
an important secondary objective followed when we found that carbon monoxide (CO) was 
the main oxidized product generated in the reduction. 
objective was focused on the  poss ib i l i t y  of defining a novel gas i f ica t ion  system 
based on the reaction: 

However, 

In other words, t h i s  second 

2c + so2 b 2co + 1 / 2  s2 
Finally, supporting experiments were made using Differential  Thermal Analysis 

(DTA) and Thermogravimetric Analysis (TCA) to  be t t e r  understand the  gasification of 
char w i t h  SO2. 

2.0 BACKGROUND 

Because of current environmental considerations, many regenerative processes 
a re  being proposed t o  remove sulfur-containing products from the tail gases of coal 
burning systems. 
point. 
generally agreed tha t  the most desirable end product is  f r ee  sulfur .  For example, 
one such process described i n  two previous papers,(1P2) is the hot iron/iron oxide 
desulfurization concept developed by the Babcock and Wilcox Company. Briefly,  in t h i s  
concept, hydrogen su l f ide  (HzS) is  removed from a fue l  gas generated by air-blown 
suspension gas i f ica t ion  of coal.  
concept : 

Some of these processes generate a concentrated SO2 stream at some 
The SO2 concentration may vary for the  par t icu lar  process; however, it is 

Two overall  steps a re  involved in the desulfurization 

Fe/FeOx + H2S (sour gas) - Fe/FeSx + H 2 0  (sweet gas) 

Fe/FeSx + A i r  Fe/FeOx + SO2 + N2 

After a l l  o f  the available iron oxide surface sca le  has reacted t o  form iron 
sulf ide,  regeneration or recovery of the iron oxide is necessary. In practice,  
t h i s  regeneration is nccnmpl i she? hy p i - ~ ~ g i ~ g  +_he i r ~ n  ~ i ~ f i . 1 ~  S C ~ ~ C :  ~ : ' i t h  zir tc 
recover i ron oxide and a regenerant gas that contains from 10 t o  13 wl. percent 
SO2 in nitrogen. 
percent in the  fuel  gas t o  10-13 vol. percent SO2 i n  t he  regenerant gas. 

In a coal burning process, one readily obtainable reductant is a hot char 
produced by p a r t i a l  combustion of  the coal feed. 

The major difference between present-day and e a r l i e r  coal gasification t o  medium 
Btu gas (CO + H2) is the  d i r ec t  use of oxygen in the  gas i f ica t ion  process. Today, 
oxygen is used to burn par t  o f  the carbon t o  supply the  endothermic heat necessary t o  
drive the gasification reactions.  For example, considering coal to be carbon at  
1300F, the  following reactions occur during oxygen or air gasification: 

The overa l l  process concentrates su l fur  from l e s s  than 1 . 0  vol. 
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c + o2 = co2 , AH = -169,900 Btu (exothermic) 

c + co2 = 2CO , AH = + 73,500 Btu (endothermic) 

The sum, 2C + 02 = 2c0 ,  di = -96,400 Btu (exothermic), represents overall  
gasification with oxygen t o  yield carbon monoxide and recoverable heat.  

Depending on the type of gas i f i e r ,  the upper temperature leve l  during gasification 
is of  prime concern from the standpoint of reaction ra tes  or k ine t ics .  For example, 
in  air-blown entrainment gas i f ica t ion ,  the short residence time i n  the  high-temperature 
zone de ten ines  gas quali ty and the f rac t ion  of coal gasified.  (3) 
any variable that  reduces temperature, such as a heat loss or the presence of steam, 
detracts from gas quali ty.  
extreme temperatures that  some steam addition is necessary t o  moderate gasification 
temperature. 
C + H 2 0  + CO + H2,  AH = +58,500 Btu (endothermic). 

expense of providing an associated oxygen plant.  
source d i lu tes  the gas produced with nitrogen to  reduce i t s  heating value t o  the 
range of 100 Btu/Scf as opposed t o  a theoretical  320 Btu/Scf for pure oxygen 
gasification. 
gas. 

3.0 POSSIBLE c 0 N E P T  

In other words, 

Using oxygen instead of  air, however, generates such 

With steam addition, a second heat consuming reaction occurs, 

The disadvantage of oxygen-blown gasification re la tes  t o  the necessity and 
However, using a i r  as the oxygen , 

Moreover, nitrogen cannot be economically removed from the produced 

A second possible route for  producing non-nitrogen d i lu ted  CO involves the 
use of SO2 as the gasification agent. Sulfur dioxide can be separated from N 2 .  
following steps might cons t i tu te  a possible concept for  accomplishing th i s  process: 

Sulfur is burned i n  a i r  t o  produce a gas containing 19-21% S 0 2 .  
Using an acid gas scrubbing system, SO2 is  separated from the iner t  
nitrogen diluent and fed,  together with hot char, t o  a gas i f i e r .  
Undiluted SO2 reacts with hot char to  y ie ld  CO and elemental sulfur ,  

Product gases from the  gas i f ie r  a re  quenched t o  separate su l fu r  from the 
product CO. 

The 

(1) 
(2)  

(3) 

(4) 
2 c  + s o 2  __+ 2co + 1 / 2  s2. 

4 .0  MAJOR CONCERN 

From the standpoint of the basic chemistry involved, the area of greatest  concern 
centers around the calculated endothermic gasification of carbon with SO2. For 
example, the reaction 2C + SO2 2CO + 1 / 2  S2 at  2200F is endothermic t o  
the extent of 880 Btu/lb of SO2 reduced (50,400 Btu/mole). 
on the reaction of carbon i n  the standard s t a t e .  
yield s l igh t ly  d i f fe ren t  thermodynamics than carbon i n  the standard s t a t e ;  however, 
char may contain other consitutents l i k e  ash that react with S 0 2 .  
may provide additional heat. 

In considering char gasification with SO2, one logical question t o  be addressed 
i s  "What differences exis t  between SO2 and COz?" 
carbon is more endothermic t o  the extent of 1600 Btu/lb of cO2 reduced (70,400 Btu/mole). 
Other differences, as we shal l  see,  center around the kinetics o r  reaction ra tes  
involved. 

This calculation is based 
The carbon in  char may, of course, 

These reactions 

On the surface, C 0 2  gasification o f  
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5.0 EQUIF'MFN AND PROCEDURE 

Basically, two test r ig s  were used. For the  i n i t i a l  tests, a small (1-inch I.D.) 
externally heated mulli te tube served as the reactor sketched in Figure 1. 
gases (N2 + SOz) were metered and fed t o  a preheating section where the  gas temperature 
was mcreased to  about 900F. 
2000F where reaction occurred. 
accomplished by a device designed to  condense su l fur  by contact with water in a con- 
ta iner  f i l l e d  with glass beads. 

This reactor (sketched i n  Figure 2) consisted of a 36-inch long s i l i con  carbide 
tube heated by an outer annular furnace f i r i ng  natural  gas. 
2200F were eas i ly  attained i n  t h i s  furnace. 
a water-cooled s t a in l e s s - s t ee l  probe t o  quench temperature. 
analyzed by gas chromatography. 

Tracor. 
constant temperature with a modified Tracor TGA balance. 
a 15 mg sample o f  graphite was placed i n  an i n e r t  gas while the system was heated 
t o  reactant temperature. A t  the  desired temperature, SO2 o r  a 1 2  was substi tuted for  
the  iner t  gas and the weight loss was monitored. 

The feed 

The hot char temperature was in the  range of 1600 t o  
As the  products exited the reactor,  quenching was 

Product gases were analyzed by gas chromatography. 

Later t e s t s  were made i n  a 5-inch diameter tube using a fluidized bed of char. 

Bed temperatures of 
Product gas samples were drawn through 

As before, gases were ' 

Thermal analysis (ITA and TG4) was performed on an instrument manufactured by 
Kinetic measurements of the carbon, SOz, and CO2 reaction were made a t  

For the k ine t ic  measurements, 

6.0 CAIlBoN SOURCES 

Carbon sources were as follows: 

(1) Metallurgical coke (-16 + 30 mesh) with the following analysis:  

Proximate Analysis, % of w t .  Ultimate Analysis (Dry), '% of w t .  

Volati le Matter 0 .5  ,- , C - 90.8 
Fixed Carbon 92.0 . ' '  H - 0.2 
Ash 7 . 5  S - 0.7 

N - 0.8 
Ash - 7.5 

(2) Coal char from FUC 
(3) Pulverized graphite. 

7.0 RESULTS 

For discussion, the experimental resu l t s  a r e  broken down into three areas;  

1. Bench sca le  test reactors 
2. Differential  Thermal Analysis (DTA) 
3. Kinetic measurements 

each area represents a d i f fe ren t  approach at  understanding the gasification step. 
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7.1 mCH SCALE TEST REACTOR 

Our bench sca le  t e s t  reactors ranged from a small fixed bed t o  a la rger  fluidized 
bed. In the fluidized bed reactor,  provision was a l so  made for  a i r  addition. 
of course, f o r  the scale up was t o  answer questions unanswered by the small reactor. 

7.1.1 Fixed Bed Tests 

Table 1 i l l u s t r a t e s  i n i t i a l  t e s t  resu l t s  obtained with the 1-inch I.D. fixed 
bed reactor.  
in  nitrogen or a simulated regenerate gas from our hot Fe/FeO, desulfurization process 
t o  determine whether So2 could be reduced with hot carbon. The r e su l t s  with both 
the simulated regenerant gas and pure SO2 clearly i l l u s t r a t e  that  carbon was an 
excellent reductant a t  temperatures around 2200F and space ve loc i t ies  from 700 t o  
800. 

The second t e s t s  a l so  showed tha t  a significant amount of  CO was formed. 
Unfortunately i n  the t e s t s  with pure Soz,  a significant amount of COS was produced. 
We f e l t  tha t  COS probably was formed from the gas phase reaction CO + 1 / 2  S2-+ COS 
as the gases slowly cooled while exit ing the reactor. 
possible t o  reduce temperature rapidly from 2200F i n  the small reactor.  

The reason 

The f i r s t  two tests i l l u s t r a t ed  were made with 13 vol. percent SO2 

No SO2 survived the reduction. 

In other words, it was not 

7.1.2 Fluidized Bed Test 

To quench the product gases rapidly, we switched t o  the water-cooled sample 
probe and the 5-inch diameter fluidized bed reactor. 
was t o  reduce the time CO and S2 were in contact with each other a t  temperatures 
from 1800F down to the condensation point o f  sulfur.  

SO2 survived the reduction; a l l  of the So2 fed t o  the char bed was reduced t o  
elemental su l fur  o r  COS. 
product gases reduced the COS level .  
3 2 )  only a trace of COS survived; however, with pure SO2 the COS l eve l  was s t i l l  
qu i te  high or a t  least 7 vol. percent. 

The objective,  o f  course, 

Results from the fluidized bed tests with coke were tabulated i n  Table 2 .  No 

In comparison t o  the previous t e s t s ,  quick quenching the 
With sinulated regenerant gas (13 vol. percent 

7.1.3 A i r  Addition 

Since the reduction was calculated t o  be endothermic, several experiments were 

This was done by decreasing the heat (natural gas) input t o  the 
made t o  see how much we could back off the  external heat and s t i l l  maintain the SO2 - 
char gasification. 
outer annular furnace. Two other changes were made; i .e . ,  

Some a i r  was added t o  the So2 but not enough t o  compensate fo r  the 
calculated heat uptake of the reaction. 

The bed consisted of coal char instead of metallurgical coke. 

(1) 

(2)  

Results from pa r t  o f  the t e s t s  are found in  Table 3. The S02-to-air r a t io  
varied from 2 t o  10 vol. SO2 per vol.  of a i r .  
to  give quantitative information, we were surprised t o  find that  once the reduction 
s ta r ted ,  it maintained i t s e l f  without the addition of external heat. 
the char - SO2 gasification approached a heat balanced reaction with some a i r  
addition. 

Although the t e s t s  were not designated 

In other words, 
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To be t t e r  define the re l a t ive  heat uptake of the char/coke reaction with 
SO2 and 0 3 2 ,  d i f f e ren t i a l  thermograms were obtained using the two reactant gases 
with pulverized metallurgical coke. 
endothermic fusion of t he  ash constiutents in the coke at  1800 to  2000F, it was 
necessary t o  preheat the  coke sample blanketed with inert nitrogen t o  reactant 
temperature (2350F). Once the prefused ash had been heated and cooled back to 
ambient temperature, a second heating cycle i n  i n e r t  gas d id  not reveal the  
endothermic fusion of t h e  ash. After one cycle i n  nitrogen, SO2 or 0 2  was 
substi tuted fo r  the  DTA measurements. 
SO2 are i l l u s t r a t ed  in Figure 3. 
consuming reactions. 

We found t h a t ,  because of the highly 

Two typical curves obtained with CO2 and 
Negative peaks represented endothermic or  heat 

Although the d i f f e ren t i a l  thermograms were not quantitative,  the resu l t s  
(Figure 3) presented a comparative picture of coke gasification with SO2 and CO2. 
The curves suggested t h a t  the 0 2  - coke reaction was f a r  more endothermic at 
about 2000F where gas i f ica t ion  occurs than was the corresponding reaction with 
sO2. In fact ,  the coke - SO2 reaction was nearly heat balanced. 

7.3 KINETIC MEASUREMENTS 

The last se r i e s  of measurements made involved a comparison of the k ine t ics ,  
or the  r a t e  o f  weight loss versus t i m e  of pulverized graphite i n  SO2 and CQ2. 
For these measurements, graphite served as the source of  carbon instead of 
metallurgical coke o r  coal char. 
reactive for accurate k ine t i c  measurements. 

The latter sources of carbon proved t o  be too 

For the weight loss-time measurements, a s t r i p  chart  recorder was added to  
the basic X-Y recorder i n  the TGA apparatus t o  measure sample weight versus time. 
The weight loss was p lo t ted  as a function of time a t  constant temperature. 
illustrates a p lo t  o f  the  f rac t iona l  weight loss  versus time curve for  graphite 
gasification with SO2 a t  2100F. 

Figure 4 

The simplified model used t o  in te rpre t  the weight loss-time curves assumes: 

(a) that the heterogeneous graphite pa r t i c l e  mix can be approximated by 
spheres with an average diameter, i n i t i a l l y  of  ro, and a t  some time 
l a t e r  as r. The f rac t iona l  weight l o s s ,  fw, i s  given by 

7 

r J  . fw = 1 - -  
(1) 

3 '  

(b) 

(c) 

that the reaction of carbon is f i r s t  order with respect t o  available carbon 
atoms; and 
that the concentration of SO2 or C02 i n  a flowing system is constant, 

- -  dc - -k Ca, 
d t  

where (dc/dt) represents the  r a t e  of carbon atom gasification and 'Ca' is 
the concentration of available carbon atoms on the surface of the graphite 
pa r t i c l e  being gas i f ied .  
constant, or 

The r a t e  of decrease o f  the pa r t i c l e  radius is  

I 



dt 

Differentiating equation (1) , subs t i tu t ing  f o r  I r '  and integrating gives the 
following expression that r e l a t e s  the f rac t ion  reacted (fw) t o  time ( t )  by the  
temperature function of the  reaction (k!). 

1 - (l-fw)1'3 = k ' t  (4) 

The use of equation (4) t o  f i t  the experimental data i s  i l l u s t r a t ed  i n  
Figure 4 by the dashed l ine.  
weight loss-time curves. 

function of the reaction. 

Similar f i t s  are obtained fo r  the other experimental 

The spherical model represents only a crude approach at defining the temperature 
The Arhenius expression fo r  the r a t e  constant k '  is :  

(5) -E/m 

The u t i l i t y ,  however, of the simplified approach is  tha t  it gives us a means of 
estimating the temperature-time performance o f  graphite gasification with SO2 o r  

k '  = Ae 

C02. 

From the rate  constants, Figure 5 was constructed. These curves represented 
the time-temperature relationship t o  gasify 50, 7 5 ,  and 90 w t .  percent of graphite 
with SO2 and COz. Several points were indicated: 

1. The rate  of gasification is  f a s t e r  a t  a given temperature with SO2 than 
C02.  
graphite a t  2300F ranges from 15 minutes for  SO2 to  60 minutes for CO2 
(no themdynamic l imitation a t  2300F). 

The predicted ra tes  apply only for  pulverized graphite. 
would give a mre rapid r a t e  because of a higher specific surface area. 

A few seconds a t  3000F is worth tens of minutes a t  lower temperatures for 
equivalent gasification. 

For example, the  time required to  gasify 50 w t .  percent of the 

2. Char gasification 

3. 

8.0 CQNCLUSIONS 

From t h i s  process oriented study, our conclusions are as follows: 

SO2 i n  a nitrogen containing regenerant gas can be converted primarily t o  
CO and su l fur  by reaction with carbon (char) a t  temperatures in  excess of 
2000F. 

The gasification of char with SO2 may proceed along several paths. Some 
of these may be exothermic such tha t  the overall  reaction is nearly heat 
balanced, 

The burning of su l fur  in  an a i r  atmosphere and the subsequent separation 
t o  produce a highly concentrated SO2 gas may prove t o  be an economical 
means of producing a high CO content gas without requiring an oxygen plant. 

So2 gasification of carbon proceeds at a f a s t e r  r a t e  a t  a given temperature 
than the C02-carbon reaction. 
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In term of our i n i t i a l  objectives,  SO2 can be completely reduced to  
elemental sulfur by reaction with hot char. 
su l fur ,  CO i s  the primary product f o m d  from the reduction. 

Further, aside from f r e e  
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TABLE 1 FIXED BED (COKE) 

Input G a s  GHW Input% Avg. Temp. Output 
"F %COz %N2 %CO %COS %2 Flow Ft3/hr 

6.80 773 13  2230 5 77 18 - - - - -  
4.384 813 100 2100 32.5 - - -  43.0 24.5 
4.384 776 100 2220 11.0 - - -  42.0 47.0 

Ft3 of gas/hr @60F 

F t 3  of bed ( i n i t i a l )  

\ 
"Gaseous hourly space velocity = 

TABLE 2 FLUIDIZED BED (COKE) 

Input G a s  GHSV Input% Avg. Temp. output 
Flow Ft3/min SO2 N 2  O F  %COz % N E  %CO %COS 

0.56 1.93 100 - -  2240 - < 1 4 80 7 
0.9 391 100 - -  2100 < 1  5 76 7 

2250 
0.9 31 5 100 - -  2250 6 1 68 22 
1.9 81 3 13  87 2000 - < 1 80 18 1 

2100 

TABLE 3 A I R  ADDITION TO SO2 (CHAR) 

Input Gas GHSV Input Gas% Avg. Temp. Output Gas% 
Flow Ft3/rnin SO2 N2 O2 O F  C02 N2 CO COS 

1.13 276 13  87 - - - -  1800 1 69 24 2.7 
1.1 264 14.2 84.9 .903 1900 < 1  84 17 1 

0.683 252 15.6 83.5 .945 2060 < 1  62 35 2.0 
0.379 138 89.2 8.5 2.3 2210 c 1 3.7 87.0 9.2 
0.45 164 100 _ _ _ _  - _ _ _  2240 11.6 - - -  79.7 8.6 
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FIGURE 3 DIFFERENTIAL THERMAL ANALYSIS OF 
METALLURGICAL COKE IN C 4  AND Klz 

AFTER Nz PREHEAT TO lm0 F 
HEATING RATE s CNlN 
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